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ABSTRACT
This work presents experimental measurements in a three-dimensional fluidized bed
equipped with a novel vertical-axis, rotating distributor, together with two-fluid
(Eulerian-Eulerian) CFD simulation results. The influence of the distributor rotation
on the behavior of the bubbles in the experiments and in the CFD results is
compared and critically analyzed.
INTRODUCTION
Different designs of air distribution have been proposed in the past as a way of
improving the performance of gas solid fluidized beds (1, 2). Sobrino et al (3)
experimentally studied the effect of a novel vertical-axis rotating distributor on the
bubble characteristics in a bubbling fluidized bed, reporting smaller and more
uniformly distributed bubbles than in the absence of rotation. The bubbles were
detected and their sizes were measured using optical fiber probes, whose bubble
characterization capabilities were compared previously (4) with the much more
extensively employed pressure probes (5). In the present study, the three
dimensional bed and the effect of the rotation of the distributor is simulated.
Simulation of medium and large scale gas fluidized beds is commonly undertaken
by means of two-fluid computational fluid dynamic (CFD) models, also known as
Eulerian-Eulerian two-phase models, which are primarily based on the
representation of the gas phase and the particulate phase as two interpenetrating
continua (6, 7). Two-fluid models provide information about the macroscopic
hydrodynamics (i.e. velocity and volume fraction) of the two phases, including the
bubble formation and motion. Therefore, these models are especially suitable for the
understanding of the fluidized bed regarding dense phase bulk motion, and gas
phase flow including bubbles. A greater detail in the description of the particle phase
can be obtained using Lagrangian models such as Discrete Particle models (8) and
Lattice Boltmann models (9), which allow the simulation of the individual motion of
each particle. Although great progress has been done in the last few years in the
field of Lagrangian models, their use is still restricted to a number of particles far
below the amount encountered in fluidized beds of industrial interest.
There are several works comparing experimental results with two-fluid model
computations of fluidized beds, especially in two-dimensional domains (see for
example 10-14). These works reveal that two-fluid models can be used as an
efficient tool for the understanding of the hydrodynamics of fluidized beds.
In the present study, a two-fluid (Eulerian-Eulerian) three-dimensional (3-D) CFD
simulation of the bubbling fluidized bed with the rotating distributor is compared with
experimental pressure and optical probe measurements. It should be noted that no
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simulation of a 3-D fluidized bed with a vertical-axis rotating distributor has been
previously reported in literature.
EXPERIMENTAL SET-UP
Experiments were carried out in a bubbling fluidized bed of 0.193 m internal
diameter and 0.8 m height. The bed was filled with Geldart B silica sand particles
with a mean diameter of 540 µm and a density of 2632.5 kg/m3. The settled bed
height was 22 cm. The column had a perforated plate to distribute the air through 90
holes of 2 mm diameter laid out in a hexagonal pitch of 15 mm. The total open area
ratio of the distributor was 1%. The distributor could rotate around the vertical axis of
the bed as it was coupled to an AC motor provided with an inverter, which allowed
varying the rotational speed of the distributor from 0 to 100 rpm. Pressure and
optical probes were introduced in the bed in order to detect the bubble passage
along the axial and radial directions. The optical probes developed for the present
study are based on backscattering principle, being their signal proportional to the
particle volume fraction. The experimental set-up is represented in Figure 1, and its
complete description can be found elsewhere (3).

Figure 1: Left: Experimental set-up: 1) fluidized bed column 2) distributor plate 3)
plenum chamber 4) pressure probes 5) optical probes. Right: detail of the rotating
distributor assembly.
TWO-FLUID CFD MODEL
The CFD simulation of the fluidized bed with the novel vertical-axis, rotating
distributor was performed using an Eulerian description of both the gas and particle
phases by means of a Two-fluid model (6). This model is based on the
approximation of the fluidized bed as two interpenetrating flows: a flow representing
for the gas phase, and the other flow representing the particle phase treated as a
continuum. In particular, the equations for the conservation of mass and momentum
in the gas flow (g) and particulate flow (p) are (7):

∂
(ε g ρ g ) + ∇ ⋅ (ε g ρ g v g ) = 0
∂t
∂
(ε p ρ p ) + ∇ ⋅ (ε p ρ p v p ) = 0
∂t
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∂
(ε g ρ g v g ) + ∇ ⋅ (ε g ρ g v g v g ) = −ε g ∇p + ∇ ⋅ (ε g τ g ) − K gp (v g − v p ) + ε g ρ g g
(3)
∂t
∂
(ε p ρ p v p ) + ∇ ⋅ (ε p ρ p v p v p ) = −ε p ∇p − ∇p p + ∇ ⋅ (ε p τ p ) + K gp (vg − v p ) + ε p ρ p g (4)
∂t




Where ε g + ε p = 1 and τ i = µ i (∇v i + ∇v i ) +  λi −
T

(

)

2 
µ i  ∇ ⋅ v I for any phase “i’’,
i
3 

being the viscosity for the particulate phase composed of the collisional, kinematic
and frictional viscosity µ p = µ p ,col + µ p ,kin + µ p , fr .
The mass and momentum equations are solved together with the differential
equation for the transport of granular temperature Θ (7),

3∂
(ρ p ε p Θ ) + ∇ ⋅ (ρ p ε p Θv p ) = (− p p I + τ p ) : ∇v p + ∇ ⋅ (k Θ ∇ ⋅ Θ ) − γ Θ

2  ∂t


(5)

which is based on the kinetic theory of granular flows and provides the level of
random fluctuation of particle velocity due to collisions. Notice that the granular
temperature is required for the closure expressions of the drag coefficient K gp , the
solid viscosities µ p and λ p , and the effective particle pressure p p . The diffusion
coefficient of granular temperature k Θ and the collision dissipation energy γ Θ are

also function of Θ . For the drag coefficient, the closure equation of Gidaspow et al
(15) has been chosen due to its robustness at the beginning of the bubbling regime.
Table 1 summarizes this and other closure models selected for the present study.

Table 1 Summary of closure models
Parameters
Closure model
K gp , µ p ,col , µ p ,kin , k Θ

Gidaspow et al (15)

µ p , fr

Schaeffer (16)

λp , pp ,γ Θ

Lun et al (17)

The commercial CFD software Fluent 6.3 (18) was used for the solution of the
system of equations (1) to (5) in a three-dimensional domain comprising all the
interior volume of the cylinder where the fluidized bed is allocated. The dimensions
of the cylinder are equal to the ones of the experimental rig. The domain was
discretized with a structured mesh of 28800 hexahedral cells and 30805 nodes. The
code discretized each of the equations with an implicit finite volume technique
applied in any of the cells of the domain (19). Due to the great complexity and
number of the equations involved, a larger amount of cells would lead to an
inadmissible time of computation. However, to improve the spatial and temporal
resolution of the solution, second order discretization in space and time was
selected. After a sensitivity analysis of the solution, the chosen time step was equal
to 2.5e-4 seconds with 40 iterations per time step together with an algebraic
multigrid methodology for the solution of the implicit system equations (20). An
effective value of the coefficient of restitution e = 0.9 has been chosen to take into
account not only the dissipation of kinetic energy due to inelastic deformation of
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particles but also due to frictional losses (21). Other parameters of the simulation
are shown in Table 2.

Parameter
ρ g [kg/m3]

Table 2 Main parameters selected for the simulation
Value
Parameter
Value
1.225
0.22
h0 [m]

µ g [Pa·s]

1.789e-5

d p [ µ m]

0.57

540

U g [m/s]
g [m/s2]

ρ p [kg/m3]

2632.5

n [rpm]

0, 100

e []

0.9
0.555

∆t [s]
Ni

2.5e-4
40

ε p ,max []

9.81

Regarding the boundary conditions of the computational domain, the distributor was
modeled as a porous plate placed at the base of the cylinder through which the flow
air is injected into the fluidized bed. Particles are not allowed to cross the distributor.
It has been assumed that gas and particles rotate with the same angular velocity as
the distributor. This is fairly true for the case of the gas, as in the actual experimental
rig the air has to cross the distributor and adopts its velocity. In the case of particles,
it seems from the experiments that the particles placed close to the distributor have
an angular velocity that approaches that of the distributor as the distance to the
distributor diminishes. The rationale of this is probably related to the pressure of the
dense phase, which tends to compress the particles towards the wall of the
distributor. However, future studies have to prove the real extent to this hypothesis.
The top of the cylinder is assumed to have a constant static pressure of one
atmosphere, since it is opened to the exterior air. A no-slip condition for the gas flow
was imposed at the lateral wall of the cylinder. For the dense phase flow, this
condition is relaxed to non-penetration with negligible shear stresses at the lateral
walls, since, in this kind of bed configuration, particles are well fluidized and do not
remain attached to the wall.
RESULTS AND DISCUSSION
Pressure signals, taken from the experiment and the simulation for a representative
period of time, are shown in figure 2 for the non-rotating case. In the same figure,
optical probe measurements and simulated particle fractions are also plotted. The
values depicted have been normalized. In the case of the differential pressure, the
difference between pressures along the axis of the bed at heights z1=12cm and
z2=13cm and divided by the mean value, is presented. The optical probe signal and
the simulated particle fraction are also plotted relative to their mean value, at
z=12cm. In each case we represent also the standard deviation of the data. As
expected, the measured values have a slightly higher standard deviation, due to
measurement errors. Both signals (differential pressure and particle fraction) present
in any case a very similar behavior. The standard deviation of the differential
pressure values (which is an indirect measure of the size of the bubble crossing the
measurement point, as stated in (22)) compares well with the simulation results.
Notice that the numerical results for the particle fraction can not overpass a pre-set
limit of maximum agglomeration (0.56). This limit is not shown in the experimental
results since the measured optical signal is subjected to a stochastic mixture of light
scattering, reflection and blocking at high particle density, which also creates the
high frequencies that superimpose over the bubble induced ones in the signal.
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Figure 2: Measured (left) and simulated (right) signals at r/R=0.5. Up: particle
fraction. Down: differential pressure obtained from pressure values at z1=12cm and
z2=13cm. Dashed lines represent the standard deviation of the time series.

Figure 3: 3-D void distribution and contours of mean Y velocity of the particles in the
plane y=0. Left: non-rotating distributor. Right: rotating distributor (100 rpm).
Figure 3 shows two snapshots of the instantaneous void distribution (bubbles) in the
3-D bed for the non-rotating ( n = 0 rpm ) and rotating ( n = 100 rpm ) cases obtained
from the two-fluid model simulation. The bubbles have been obtained from isosurfaces of void fraction equal to 0.7. There are visible voids in both configurations.
In the case without rotation, larger void structures are generated. Besides, when the
distributor rotates, a higher number of smaller voids can be distinguished. In the
same figure, the mean Y particle velocity in the plane y=0 (vertical plane) is plotted.
The particles present mainly an upflow through the center and a downflow near the
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walls, in both cases. However, for the rotation case there is a higher particle motion
in the Y-direction, which is more pronounced near the distributor.
The effect of the rotation in the bubble frequency is analyzed in figure-4 with the
optical probe signal and the simulated solid void fraction for a point placed at the
bed axis. In the case of the optical probe, the bubble passage is identified as a rapid
voltage fall. The bubble detection threshold is determined as in (4) and (23).
Bubbles detected following this threshold criterion are marked with a circle in figure
4, together with the horizontal line demarcating the voltage threshold value. A similar
procedure is followed for the detection of a void in the simulation result.

Figure 4: Simulated particle fraction (up) and optical probe signals (down) for the
non-rotating case (left) and the distributor rotating at 100 rpm (right) distributor at the
axis of the bed and separated a height z=10cm from the distributor.
As it can be observed, the bubble passage frequencies for the simulation and
experimental results are of the same order. The effect of the distributor rotation is
also similar in the experiments and the simulation: a higher frequency of bubble
passage is observed when the distributor rotates. In particular, as Figure 4 shows,
the rotation promotes a change from 5 (experiments) and 6 (simulation) bubbles in
the non-rotating case to 14 (experiments) and 21 (simulation) bubbles in the rotating
case. The resemblance is noteworthy taking into account the relatively short timeinterval involved. A larger time interval, not simulated here owing to its great
computational cost, would be necessary to obtain the Fourier spectra of the data. As
the simulated distributor is a porous plate, it seems that this higher frequency of
bubble passage is not merely due to a phenomenon related to the discontinuous
character of the rotating distributor orifices, but may be related to a more complex
hydrodynamic mechanism of the combined motion of the gas and particle phases
that is induced during the distributor rotation.
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CONCLUSIONS
Experimental measurements have been compared with two-phase CFD simulations
of a three-dimensional fluidized bed with a vertical-axis, rotating distributor.
Comparison of the simulated and measured pressure signals, as well as the
simulated particle fraction and experimental optical probe signals, indicate
reasonable agreement. Moreover, when the distributor rotates, the experimental and
the simulated results provide also similar results: in both cases, a higher bubble
passage frequency is observed. These results encourage the use of the two-fluid
CFD simulation in future studies devoted to shed light into the underlying
hydrodynamic mechanisms that promote a change in the bubble distribution when
the distributor of the fluidized bed rotates.
NOTATION

d p particle diameter, m

e restitution coefficient, dimensionless
g gravity acceleration, 9.81 m/s2
h0 static bed height, m
I unit tensor, dimensionless
k Θ granular temperature diffusion
coefficient, kg/m s
K gp gas-particle momentum exchange
coefficient, kg/m3 s
N i number of iteration per time step
p static pressure, Pa
U g superficial gas velocity, m/s
v velocity vector, m/s
Greek letters
∆t time step, s

γ Θ collision dissipation energy, kg/m s3
ε volume fraction

Θ granular temperature, m2/s2
λ bulk viscosity, Pa·s
µ shear viscosity, Pa·s
ρ density, kg/m3
τ shear stress tensor, Pa
n rotational speed of the distributor,
rpm

Subscripts
col collisional
fr frictional
g gas phase
kin kinematic
p particle phase
max maximum
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